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Effect of mass transfer on the reaction rate in a monolithic catalyst
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A B S T R A C T

The influence of reacting gas flow on the heterogeneous reaction in catalyst volume of honeycomb

porous monolith with triangular channels was studied. The spatial distributions of the reacting gas flow,

the rates of local mass transfer between channel walls and gas flow, as well as the interaction of transfer

processes and a catalytic reaction were determined on the basis of the computational fluid dynamics. The

reactions of deep oxidation and steam reforming of methane were considered as model reactions.

It was shown that there is no stabilization of the reacting flow over the whole channel length under

studied conditions. The most intensive changing of the gas streams appears near the channel inlet, which

causes the highest local rates of interphase exchange processes, the rate difference is up to two orders of

magnitude. A higher reaction rate exists in the initial part due to penetration of feed components into the

catalyst volume through the frontal surface. This leads to increasing the effectiveness factor whose value

is above unity near the channel inlet. The reaction rate limitation by the transport of reagents inside

porous wall was observed along the monolith length.
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1. Introduction

Ever-growing interest in structured catalyst systems is related
with many new promising applications. New monolithic catalyst
systems provide both the improvement of existing technologies
and the development of new compact installations, in particular,
for hydrogen energy technologies, production of liquid fuels from
natural and oil gas of remote deposits, etc. [1–4]. To find a new
design solution or conditions for an optimal operation mode, the
detailed data concerning the effects of the mass and heat transfer
on the catalytic reaction rates are necessary. This question is of
special importance for catalytic processes occurring at high
temperatures and short contact times, such as fuel combustion
and selective hydrocarbons oxidation to synthesis gas.

Many studies are devoted to the problem of adequacy of
mathematical description used for numerical studies of the
processes in monolith channels. The correlations for the interphase
transport processes between the catalyst wall and gas flow in the
form of Nusselt and Sherwood numbers are widely and success-
fully used for description of processes in monolith channels of
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different shapes both in numerical simulations and chemical
engineering practice. Nevertheless, the use of simplified plug-flow
or boundary-layer models does not always allow the reveal of all
features of hydrodynamic processes in a monolith catalyst system.
In lumped models, some average values of temperature and
concentration are considered instead of cross-sectional distribu-
tions, and transverse diffusive transport of mass and heat is
estimated via global coefficients [5–9].

More precise analysis becomes possible on the base of
computational fluid dynamics (CFD) modeling, which allows the
using of complete mathematical models that consider the three-
dimensional Navier–Stokes equations to account for the axial and
radial transfer of mass, impulse, and energy in monoliths with
channels of different shapes. In a series of studies, Deutschmann
et al. [10–13] developed a modern multi-dimensional approach of
detailed modeling the transfer processes and kinetics of chemical
transformations as well. In particular, a critical evaluation of plug-
flow, boundary-layer and general three-dimensional models for
simulating the steady-state transport processes and chemistry in a
honeycomb channel is given in [10].

The studies of catalytic processes using three-dimensional CFD
modeling are carried out for washcoat monolithic systems where a
ceramic monolith made of a support substrate (for example,
cordierite) is pre-coated with a secondary support (alumina) and a
catalytic active component. The two models are used: either the
heterogeneous reaction is assumed to proceed on the outer surface
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Nomenclature

cCH4
; cO2

concentrations of methane and oxygen,

correspondingly (gmol/cm3)

k1, k2 rate constants of methane oxidation and steam

reforming, correspondingly (cm3/(gmol s))

P channel perimeter (mm)

r1, r2 rates of methane oxidation and steam reforming,

correspondingly (gmol/(cm3 s))

S0 area of catalyst cross-section (mm2)

Sn area of elementary channel surface (mm2)

Vn elementary volume (mm3)

W feed rate (l/h)

X current length of monolith fragment or reactor

(mm)

Greek letters
d wall thickness (mm)

h effectiveness factor of catalyst porous volume

Fig. 1. Typical catalysts based on a-Al2O3 monoliths.

Table 1
Characteristics of a-Al2O3 monolithic substrate.

Channel form Triangular

Wall thickness 0.3 mm

Triangle side 2.3 mm

Specific surface 3 m2/g

Average pore diameter 72 nm

Pore volume 0.27 cm3/g

Porosity 0.4
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of the channel (this is taken in the boundary conditions) or the
reaction-diffusion model is considered along the thickness of the
washcoat to evaluate the gradients of the reacting substances
inside the catalytic active layer. As for the catalyst monoliths
prepared with porous supports such as a-Al2O3, it is necessary to
account for the active component distribution in the whole volume
of the porous catalyst structure [4].

In this work, the results of studies of the mass transfer in a
catalyst with triangular channels, where the catalytic reaction at
short contact times takes place inside the porous walls of the
catalyst structure, are presented. The detailed distribution of
the reacting gas flow in the system, the rate of local mass
transfer between the channel walls and the gas flow, as well
as the influence of mass transfer processes on the reaction
rate were studied. CFD modeling of the gas flow under
conditions of the catalytic reaction is carried out with the
Fluent software.

The main goals of these studies are:

� Modeling and visualization of the gas flow in the porous
honeycomb catalyst with the triangular channels under the
conditions of the catalytic reaction.
� Evaluation of the impact of aerodynamics on the reaction rates.

2. Modeling approach

2.1. Catalyst monolith and reactor model

Studies were performed for a monolithic catalyst based on a
honeycomb a-Al2O3 support with triangular straight channels,
when the catalytic reaction proceeds inside the volume of porous
structure. The catalyst shape corresponds to a real catalytic system
developed at the Boreskov Institute of Catalysis for the partial
oxidation of hydrocarbons at short contact times [14]. The
catalysts with LaNiPt/CeO2–ZrO2 active component were success-
fully tested out in the partial oxidation of natural gas and the
processes of reforming and selective oxidation of the liquid
hydrocarbons (isooctane, benzine) into syngas as well. Typical
samples of such honeycomb monoliths are presented in Fig. 1. The
geometric and textural characteristics of a-Al2O3 used in simula-
tions are given in Table 1.
Since every channel within monolith structure behaves
essentially alike, it is possible to analyze one channel [10,15].
For the purpose, fragments of a monolithic catalyst in the form of a
separate triangular channel were considered. The scheme of the
tube reactor with the honeycomb catalyst fragment is presented in
Fig. 2. The reacting mixture consumption W was fed in the empty
volume in front of the catalyst. The gas flow goes through the
fragment of the honeycomb monolith and leaves the reactor. The
walls of the catalyst have a porous structure whose volume is also
permeable for the reacting flow. The insulation between the
catalyst particle and the reactor wall is a solid medium imperme-
able for the flow. Accounting for the fact that the catalytic channel
is narrow, the flow was assumed to be essentially laminar. The
variants were analyzed when the fragment of 10 or 20 mm length
was placed into the reactor of inner diameter of 4 mm; the distance
between the reactor inlet and the front face of the monolith was
15 mm, while the length of the empty zone after the catalyst was
20 mm [16].

2.2. Mathematical description

The stationary flow of the gaseous reacting mixture was
investigated in the tube reactor placed into a thermostat. The
model discussed here is based on the Fluent software [17]. The
system of three-dimensional Navier–Stokes equations including
impulse, energy, and mass balances was used for description of the
reacting flow in the volumes both of gas phase in the channel and
the porous catalytic wall, as well as in the empty volumes before
and after the catalyst fragment. The axial and transversal heat and
mass transfer were taken into account.

The computation domain consists of the three subdomains (see
Fig. 2):

(1) the empty volume inside the reactor (the complete Navier–
Stokes equations are used here);



Fig. 2. The scheme of a tube reactor.

Fig. 3. Temperature profiles along the catalyst fragment (a) for the points 1–4 in the

cross-section (b).
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(2) the porous volume which is the catalyst structure (a quasi-
homogeneous model in the form of the Navier–Stokes
equations is used here as well, but with partially permeable
media and under conditions of catalytic reactions; the pressure
drop is calculated by the Ergun equation whose coefficients,
both the viscous and dynamical terms, were estimated from
the experimental data);

(3) the thermal insulation around the catalyst fragment (the
energy conservation law is the only equation valid here
accounting for the conductivity of the insulation).

The physico-chemical properties of the gas mixture and the
solid phase are calculated using the Fluent software (database
and the subroutines for calculating the properties of a mixture)
and the data reported in the literature. In this work only
heterogeneous catalytic reactions were considered. A uniform
distribution of the active component in the volume of the
catalyst porous wall is assumed, and the reaction rate is
calculated for the volume of each cell of the numerical grid in
the second subdomain.

The reaction of deep methane oxidation is considered as the
main model reaction. To calculate the reaction rate according to
this route, the following kinetic equation was used as an
approximation for the more complex dependence obtained in [18]:

CH4 þ 2O2!CO2 þ 2H2O; r1 ¼ k1cCH4
cO2

; (1)

where Fj is the concentration of the jth component of the reacting
mixture, and r1 is the reaction rate.

The impact of aerodynamics of the gas flow was also studied for
the methane steam reforming, which is one of the reforming
reactions that proceed under interaction of methane with the
products of methane oxidation. This pathway was considered as an
example of reaction with the catalyst activity lower as compared to
that for the methane oxidation. The reaction rate was described
according to the equation of [19]:

CH4 þH2O$COþ 3H2;

r2 ¼ k2cCH4
cH2O 1�

cCOc3
H2

cCH4
cH2O

1

Keq

 !
;

(2)

where Fj is the concentration of the jth component of the reacting
mixture, r2 is the 2nd reaction rate.

The simulation runs were carried out for modeling the system
under atmospheric pressure at feed gas temperature of 988 K. The
thermostat temperature was fixed at 988 K around the empty zone
before the catalyst fragment and at 973 K along the fragment and
after that. The inlet reaction mixture was fed with the rate of 18 l/h,
which corresponds to the contact time of 5 ms. In order to avoid
high heating and separate out the mass transfer effect, the low
concentrations of reagents were taken, 3.3 vol% of methane and
1.55 vol% of oxygen.

The tool of CFD simulation is Fluent software, version 6.1 [17]. A
finite-volume approach is implemented to solve the stationary
boundary value problem under consideration. The spatial resolu-
tion was adapted to the aerodynamic conditions and the gradients
of solution. We ran the computations both on the personal
workstation and on the super-computer of the Siberian Super-
Computer Center of the Siberian Branch of the Russian Academy of
Sciences (Novosibirsk).

The following studies were performed:

� determination of gas flow velocity distribution near the inlet, in
the catalyst channel and after the channel outlet;
� study of local mass transfer rates between the catalyst channel

surface and the reacting gas flow;
� evaluation of the influence of aerodynamics on the rate of

chemical transformation;
� determination of the efficiency of the catalyst porous volume in

the reaction.

3. Results and discussion

3.1. Temperature distribution

As it was pointed above, the model includes the impulse,
energy, and mass balances. Many factors, such as aerodynamic
conditions, temperature distribution, local gas mixture composi-
tion, etc., influence the system behavior. In this paper the results
of the first stage of studies are presented, and an attempt is made
to clarify the effect of mass transfer on the reaction rate. For the
purpose, at the fixed values of all above mentioned parameters the
effect of the temperature inhomogeneity was minimized because
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of low reagent concentrations and chosen thermostat tempera-
ture.

In Fig. 3 the calculated local temperature profiles along the
reactor length are given for the region before and inside the
channel. That is the zone of maximal changes of the temperature.
The axial section of catalyst wall through the middle point of the
side of the triangle in cross-section of the fragment is considered
(see Fig. 3b). The local profiles correspond to the axis of the reactor
(curve 1), middle point at the wall surface of the channel (curve 2),
middle point in the wall volume at a distance of d/6, where d is the
wall thickness (curve 3), and, at last, middle point at a distance of d/
2 (curve 4). The further in the catalyst volume, the nearer is the
temperature to the thermostat one. As it was shown by calculated
data, the maximal difference between the gas temperature in the
flow core and the catalyst temperature does not exceed 20 K, while
the difference of temperatures inside the catalyst volume is at most
10 K in the region of highest heating near the channel inlet. Far
from the channel inlet the temperature profiles become more
smooth, the temperature variation along the whole channel length
is bounded within 20 K as well. Thus, for the conditions under
consideration the catalyst volume is nearly isothermal.

3.2. Gas flow velocity distribution

The velocity distribution of the reacting gas flow through the
catalyst channel under the conditions of the catalytic reaction was
analyzed. In Fig. 4, the three-dimensional distribution of the gas
velocity in the reactor at several cross-sections of the channel is
presented. The cross-sections are taken uniformly with the distance
of Dx = 2 mm; the first corresponds to the channel inlet (x = 0), while
the last, to the outlet (x = 10 mm). The gas consumption was 18 l/h or
2 m/s (SPT). The aerodynamic conditions in the tube reactor under
study are significantly inhomogeneous:

� Near the inlet of the channel, the stream narrows. This causes the
velocity field to change in front of the fragment over the distance
up to one channel diameter.
� Inside the channel, the flow distribution over the cross-section

changes permanently as well. The formation and growth of the
boundary layers occur at the walls and especially near the
channel edges. The effective open area of the channel narrows,
and the flow speeds up in the central part of the cross-section.
� After the channel outlet, a jet stream mixing occurs over the

whole cross-section of the reactor; therefore, the maximum axial
velocity decreases. Moreover, a reverse-flow and even vortices
near the back face of the fragment can appear.
Fig. 4. Distribution of gas velocity over different cross-sections along the catalyst fra
Note that near the channel corners there is a decrease of the gas
velocity and, as a consequence, some lowering of the reaction rate
too. The ‘‘radial’’ components of the flow velocity are also rather
small at the points inside the channel (far from the inlet).

It is possible to estimate the effect of the temperature and
chemical reaction on the gas flow velocity distribution. As it was
seen from Fig. 3, the gas temperature variation is at most 17 K,
which means that the gas density change does not exceed 2%.
Taking into account the low concentrations of reagents and
stoichiometry of reactions (1) and (2), it can be concluded
that the effect of the reaction mixture composition is also
insignificant.

The spatial profiles of gas velocity were also obtained for the
catalyst channel of 20 mm length. It was shown that they are
essentially inhomogeneous as in the case of 10 mm fragment,
though the changes become more smooth in the second half of the
channel. Thus, even 20 mm length of the channel is insufficient for
the flow stabilization.

The above results show that, for conditions under study, there is
no flow stabilization over the whole channel length, i.e., we do not
observe similar stream-patterns at different cross-sections. The
most intensive changing and mixing of the gas streams appear near
the channel inlet. Here, the transverse components of the velocity
are high and even comparable with the maximal axial velocity in
the flow core. That is why the highest local heat and mass transfer
rates (between the catalyst surface and the gas flow) are expected
to appear in this part of the channel.

3.3. Interphase mass transfer rates

The studies of local heat and mass transfer rates between the
channel walls of the catalyst monolith and the reacting gas flow
were performed and the parameters of interphase mass transfer
were determined on the base of the data on heat transfer rate
according to the similarity of the processes. For that, the detailed
distributions of local Nusselt and Sherwood numbers were
computed over the catalyst surface. Such a distribution of the
relative mass interphase exchange coefficient (i.e., the ratio of the
local value to the maximal value) is given in the picture of Fig. 5 for
the channel of 20 mm length. The feed gas consumption was 36 l/h
in this case.

At constant feed consumption the local mass transfer coeffi-
cient varies significantly over the channel surface, the difference in
the values at some points at the channel walls is up to two orders of
magnitude. The maximum is located in the frontal part of the
fragment, and, obviously, the values decrease more than five times
gment of 10 mm length. The velocity values correspond to the scale on the left.



Fig. 5. Relative mass transfer rates over the channel surface.

Fig. 6. Profiles of methane (a) and oxygen (b) concentrations along the reactor

length for the points 1–4 in the cross-section (see Fig. 3b).

Fig. 7. Elementary surface of the channel wall and catalyst cross-section.
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along the channel towards the outlet. Considering the cross-
section of the channel, it was observed that the distribution of the
local mass transfer coefficient varies significantly around the
perimeter. The highest values are on the middle parts of the sides
of the triangle; the regions of minimal interphase transfer rates are
located near the edges of the channel due to formation of the
boundary layers.

In the plot of Fig. 5, the comparison of the mass interphase
exchange coefficients calculated along the symmetry line of the
catalyst wall (see the dash line in the picture of Fig. 5) for the feed
gas rate of 18 and 36 l/h is also given. The nonlinear dependencies
differ from each other in the inlet region of the channel. The
decrease of feed consumption results in lowering the interphase
transfer rates at a distance of about 10 mm from the inlet, and then
the difference becomes insignificant. Note that a rather sharp
decrease of the interphase mass transfer is observed in the region
of high spatial inhomogeneity of the gas flow.

3.4. Reaction in the porous monolithic catalyst

The local reaction rates in the catalyst volume were determined
by Eqs. (1) and (2). To clarify the impact of gas transfer limitation
on heterogeneous catalytic reaction, the axial profiles of concen-
trations, reaction rates and effectiveness factor of the catalyst
volume were determined. Similar to Fig. 3, the example of local
concentration profiles of methane and oxygen along the reactor
length is given in Fig. 6 for the region before and inside the channel.
The values were determined at different points of the cross-section
(see Fig. 3b, points 1–4).

As for the temperature distribution, there is the zone of sharp
changes of the gas composition, after which a smooth decrease
follows. The concentrations of reagents in the bulk of the channel
and at the gas–solid interface differ considerably, which indicates
the influence of the external diffusion. In the catalyst volume the
profiles change further in the transverse direction because of the
interaction of chemical reaction and internal mass transfer. The
impact of gas transfer processes becomes apparent for the
concentrations at the frontal interface also. It seems that the
lowering of values is observed right before the channel inlet due to
back mixing of gas flow.
To evaluate in more detail the reaction occurring in the porous
volume of the monolith catalyst, a comparison of the volume and
surface reaction rates was carried out in the following way. Two
average values of each reaction rate were determined along the
catalyst: the average rate in the porous honeycomb volume and
that on the wall surface. Fig. 7 shows an elementary volume of the
catalyst with the cross-section S0 and length Dx, which was used
for finding the averaged values. The averages were calculated over
each elementary volume Vn = S0Dx and elementary wall surface of
the channel Sn = PDx (i.e., an elementary outer surface of the
catalyst; here P stands for the channel perimeter) for a chosen
number of cross-sections. The length of an elementary volume Dx

dependent on the reaction rate gradients along the catalyst



Fig. 8. Methane oxidation rate along the channel length.

Fig. 9. Profile of the average rate of methane steam reforming along the channel

length.
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fragment was of 2–8 mesh-steps; as it was mentioned above, the
mesh size was determined by the aerodynamic conditions and
solution gradients.

The profile of the averaged values of the methane oxidation rate
is presented in Fig. 8, the averaging was made over each
elementary volume along the porous catalyst structure. The
reaction rate rises and passes through the maximum in the
catalyst volume near the channel inlet. So, the reaction is the
fastest in a small initial part of the channel on a short distance of
0.1–0.12 mm. After the maximum point the oxidation rate falls
rather sharply, though the methane and oxygen are present both in
the gas and in the catalyst volume; and afterwards the decrease
slows down. The latter is obvious and caused mostly by the evident
decrease of the reagent concentrations due to transformation of
gaseous components under the reaction (see Fig. 6).

Let us estimate the influence of temperature inhomogeneity on
the reaction rate at a distance up to 0.12 mm from the inlet, where
the sevenfold variation of the volume averaged rate occurs. At the
change of the temperature from 1003 to 1008 K, the constant of
methane oxidation rate increases by about 5%. Taking into account
that all temperature values in this part of the catalyst volume are
close to this temperature interval, it can be concluded that the
temperature effect on the local reaction rate is insignificant. The
local concentration profiles shown in Fig. 6 do not allow us to
explain such a behavior of the volume averaged rate also.

The next factor to be considered may be the nonuniform spatial
distribution of the gas flow in porous matrix. To understand such a
behavior at the reactor inlet, the local distributions of the gas flow
velocity and the oxidation rate were constructed over the frontal
surface of the catalyst. They show that a sharp increase of the
reaction rate in the initial part of the monolith volume may be
related with the high rate of penetration of the feed mixture
components into the catalyst bulk.

In the area near the interior reactor wall before the catalyst
fragment, the flow decelerates and the gas velocity distribution
over the frontal surface of the catalyst shows that the gas velocity is
the highest near the monolith exterior edges. The rate of the gas
flow penetration through the frontal surface into the catalyst
volume is much higher than the transverse reagent rates from the
gas phase to the internal surface of the porous channel walls. The
maximal reaction rate is achieved at a distance of about 0.05 mm
from the frontal surface, and the value is almost an order of
magnitude higher than the averaged values of conversion rate of
the reagents at the other points along the catalyst fragment.
The impact of aerodynamics of the gas flow was also studied for
the methane steam reforming for which the catalyst activity is
considerably lower as compared to that for the methane oxidation.
The reaction rate profile is presented in Fig. 9. On the whole, the
reforming rate is significantly lower than the methane oxidation
one because of small water concentration in the feed mixture and
lower catalyst activity. In spite of this, the impact of the gas
velocity distribution on the axial profile of the reaction rate looks
similar to that shown in Fig. 8. The reaction rate increases near the
channel inlet; thereafter, the value slowly goes down. Note that the
methane steam reforming rate distribution is rather smooth as
compared to the methane oxidation rate, which is caused by lower
values of the reforming rate and, respectively, a weaker influence
of the distribution of gas flow velocities in the channel and porous
catalyst structure.

Thus, the effects are similar in both cases, and the reaction rates
are considerably higher in the area close to the frontal surface in
comparison with the values at the points far from the channel inlet.
It could be concluded that a similar increase of the reaction rate
near the channel inlet can be observed for the other reactions too.
As usually, the extent of effect will be due to the relation of the
reaction rate and the rate of the reagent transfer from the gas phase
to the internal catalyst surface.

3.5. Effectiveness factor for porous catalyst structure

The comparison of the catalyst activity over the porous volume
and over the wall surface of the catalyst was carried out for the rate
of total methane conversion due to two reactions. The local
effectiveness factor h was used to characterize the effect of
inhomogeneous distribution of gas flow. This value was defined as
the ratio of the reaction rates rV and rS averaged over the volume
and the surface of the monolith catalyst as follows:

h ¼ rV

rS
; rV ¼

1

Vn

Z
Vn

ðr1 þ r2ÞdVn; rS ¼
1

Sn

Z
Sn

ðr1 þ r2Þ dSn:

Here r1 and r2 are the local values of the reaction rates of methane
oxidation (1) and methane steam reforming (2), Vn is the volume,
while Sn stands for the channel surface area of this volume.

Fig. 10 presents the correlation between the averaged rates
along the channel. At the initial part, the effectiveness factor for
methane conversion is above unity, and thereafter it lowers. The
profile of the effectiveness factor along the channel length looks
like the dependencies of the averaged reaction rates in the volume
along the catalyst length (see Figs. 8 and 9). This similarity is
caused by the fact that the rates rS averaged over the surface of the



Fig. 10. Effectiveness factor of the catalyst volume for the methane conversion rate.
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catalyst walls decrease monotonically along the whole channel
length, which was seen from the simulation results.

As it was shown above, the temperature inhomogeneity has no
significant influence on the reaction rate distribution on porous
matrix. The values of surface temperature lie also in the range
considered above; so, the temperature effect on the effectiveness
factor is insignificant, too.

It was discussed before that, at the initial part, the feed
components penetrate into the catalyst volume through the frontal
surface, which can lead to a higher reaction rate inside the catalyst
in comparison with that on the wall surface. Correspondingly, the
effectiveness factor can become above unity in this part. The
difference of the transfer rates of the gas components to the inner
surface of the porous structure at the initial part of the monolith
(both through the frontal surface of the particle and the wall
surface) and far from the channel inlet (only through the wall
surface of the channel) influences strongly the effectiveness factor.
For conditions under consideration, far from the channel inlet the
transport of the reacting species only through the channel wall
surface and the sequential mass transfer inside the pores are rather
slow, and the local effectiveness factor is less than unity. These
data and the concentration profiles show that the methane
conversion depends on two processes: the motion of reagents from
the gas phase to the channel wall and mass transfer inside pores of
the catalyst matrix.

Thus, the studies carried out allow us to conclude that the
convective reacting flow going through the frontal surface of the
monolith increases significantly the rate of reagent transfer to the
active inner surface of the catalyst, and the reaction rates near the
frontal surface are higher than on the channel wall surface, and
therefore, in this part of the monolith, the effectiveness factor is
much higher than unity.

4. Conclusion

In the paper, the studies of the mass transfer in a honeycomb
catalyst with triangular channels and reactions occurring inside
the porous catalyst structure are presented. The processes in a tube
reactor with the honeycomb catalyst fragment in the form of a
separate channel are considered.
Computational tools for the numerical simulation of reactive
flow were developed using the Fluent software and applied to a
three-dimensional model of the heterogeneous catalytic system.
The model proposed accounts for the permeability of the catalyst
porous structure for the gas flow. The spatial distributions of
reacting gas flow, the rates of local mass transfer between channel
walls and gas flow, as well as the impact of transfer processes on a
catalytic reaction were studied. The reactions of deep oxidation
and steam reforming of methane are considered as model
reactions.

It was shown that the reacting flow is not stabilized over the
whole channel length under studied conditions. The most
intensive changing and mixing of the gas streams appear near
the channel inlet, which causes the highest local rates of interphase
exchange processes. At constant feed consumption, the difference
of the local rates over the channel surface is up to two orders of
magnitude.

To evaluate the reaction occurring in the porous volume of the
monolith catalyst, the comparison of the reaction rates averaged
over the catalyst volume and over the channel wall surface was
carried out and the local effectiveness factor was determined. It
was found that the effectiveness factor of the catalyst has a high
maximum near the channel inlet because the feed components
penetrate into the catalyst volume through the frontal surface,
which leads to a higher reaction rate inside the porous catalyst in
comparison with that on the wall surface.
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